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ABSTRACT: A comprehensive mathematical model is developed to simulate the dy-
namic behavior of multizone, multifeed high-pressure ethylene polymerization auto-
claves. To describe the complex flow patterns occurring in low-density polyethylene
(LDPE) autoclaves, a user-specified multisegment, multirecycle model representation
of the actual multizone reactor is established. A general reaction mechanism is em-
ployed to represent the kinetics of ethylene polymerization. Dynamic mass, molar
species, and energy balances are derived to predict the polymerization rate, monomer
conversion, molecular weight developments (e.g., M,, M,, long- and short-chain
branching), and temperature profile with respect to time and spatial position in the
reactor. Detailed results on the start-up and grade transition of a four-zone autoclave
reactor are presented and the effects of the macromixing parameters (e.g., number of
segments per reaction zone and the total and side external recycle ratios) on the
dynamic behavior of the reactor are investigated. It is shown that the model macro-
mixing parameters can significantly affect the initiator consumption rate in a reaction
zone. The present model is capable of predicting accurately the dynamic behavior of
LDPE autoclaves and, thus, can be employed in the design, optimization, and control of

these reactors. © 1999 John Wiley & Sons, Inc. J Appl Polym Sci 73: 2327-2348, 1999
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INTRODUCTION

High-pressure ethylene polymerization is an in-
dustrial process of significant economic impor-
tance. Two reactor technologies, namely, tubular
and autoclaves, are currently employed in the
production of low-density polyethylene (LDPE).
High-pressure LDPE reactors typically operate at
high temperatures (150-330°C) and pressures
(1200-3500 atm). Under these conditions, the re-
action mixture behaves as a supercritical fluid.
Temperatures above 330°C should be avoided be-
cause of possible ethylene decomposition.
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An autoclave is a constantly mixed vessel made
up of two or more reaction zones in series, sepa-
rated by disks and stirred by a vertical stirrer
shaft. Despite the large specific power input to the
reacting system (20—100 kW/m?) effected by high
agitation rates, the zones are not considered to be
perfectly mixed due to the very fast reaction ki-
netics. The polymerization of ethylene in auto-
claves is practically carried out in an adiabatic
way. Cooling of the reaction mixture is effected by
the introduction of cold monomers at several side-
feed points along the reactor. The reaction tem-
perature in a zone is controlled by manipulating
the corresponding initiator feed rate. It is impor-
tant to point out that cautious reactor control is
required because the reactor usually operates at
an open-loop unstable steady state.
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The flow behavior in these reactors deviates
significantly from ideal flow patterns (e.g., plug
flow and perfectly mixed conditions), which
makes the approximation of the flow behavior in
the reactor necessary with more complicated mix-
ing models. A number of macromixing models
have been proposed in the literature (Donati et
al.,! Singstad,? Chan et al.,> Kwag and Choi?) to
describe the nonideal flow patterns. Donati et al.!
developed a multicomponent macromixing model
for LDPE autoclaves based on fluid dynamic mea-
surements made on a full-scale cold-flow indus-
trial reactor. The tanks-in-series model with
backflow has often been employed to approximate
the flow patterns in LDPE autoclaves (Shastry et
al.,® Singstad?). According to this model, an inter-
nal backflow stream from a tank (or volume seg-
ment) to the previous tank of the reactor sequence
is introduced to account for the nonideal macro-
mixing flow in the autoclave. Chan et al.? intro-
duced a multisegment external recycle model to
describe the nonideal flow behavior in LDPE au-
toclaves.

In the present study, a generalized compart-
ment model with an external recycle was devel-
oped to account for the effect of macromixing on
the polymerization kinetics (see Fig. 1). According
to the proposed macromixing model, each reaction
zone is divided into a sequence of perfectly mixed
tanks, hereby to be called segments (see Fig. 1).
The number of tanks as well as the size of tanks
can vary for each zone. Note that the present
model can handle any number of ethylene side
streams introduced into specified zone segments.
To account for possible backmixing of the reaction
mixture, an external recycle stream from the first
segment of a zone to all segments of the previous
zone is introduced (see Fig. 1). By selecting the
number and volumes of segments in a reaction
zone and the external recycle parameters, 3; and
Y;j» the nonideal flow behavior in an autoclave can
be approximated.

To model the molecular and compositional de-
velopments in an LDPE autoclave, a comprehen-
sive kinetic mechanism describing the free-radi-
cal polymerization of ethylene is considered. Dy-
namic mass, molecular species, macromolecular
properties, and energy balance equations are de-
rived for each volume segment of the multizone
autoclave reactor to simulate the transient reac-
tor behavior. The method of moments based on
the statistical representation of the number
chain-length distribution is employed to reduce
the infinite number of molecular species balances
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Figure 1 The external recycle model.

into a low-order system of moment differential
equations.

The present comprehensive model is capable of
describing the complex macromixing phenomena
occurring in an LDPE autoclave and quantifying
the effects of process variables (e.g., ethylene feed
rate, temperature, initiator concentration) and
macromixing parameters (e.g., number of seg-
ments per zone and recycle parameters) on the
ethylene conversion and molecular properties
[e.g., number- and weight-average molecular
weights, long-chain branching (LCB), and short-
chain branching (SCB)] of the LDPE.

The article is organized as follows: In the sec-
ond section, a generalized external recycle model
is developed to approximate the complex flow pat-
terns in industrial LDPE autoclaves. Simulation
results are presented showing the effect of the
various macromixing parameters on the resi-
dence time distribution (RTD). Subsequently, a
detailed kinetic scheme is considered to account
for all elementary reactions occurring in high-
pressure ethylene homopolymerization. Analyti-
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cal expressions are derived for the net rates of
production and consumption of the various mac-
romolecular species. Following that, general dy-
namic mass, molar, and energy balances are de-
rived to describe the time and spatial variation of
ethylene conversion, temperature, and molecular
properties in the reactor. In the final section, sim-
ulation results are presented showing the predic-
tive capabilities of the model.

EXTERNAL RECYCLE MODEL

An autoclave is a constantly stirred vessel which
operates under controlled temperature and pres-
sure conditions. These reactors are long vessels
with length-to-diameter ratios as high as 20 to 1.
The reactor is usually subdivided into a number
of reaction zones. Reaction conditions can be ad-
justed separately in each zone to produce poly-
mers with the desired molecular properties.

A schematic diagram of a typical multizone,
multifeed LDPE autoclave is shown in Figure 2.
The reactor includes a number of monomer, initi-
ator, and chain-transfer-agent (CTA) side-feed
points. The inflow of the monomer and initiator at
several points down the reactor provides satisfac-
tory temperature control although the tempera-
ture may vary down the length of the reactor. The
heat transfer through the wall is limited, thus the
reactor operation is essentially adiabatic. Mixing
is provided by an agitator running down the cen-
ter of the vessel. Despite the very high power
input per unit volume required to maintain good
mixing conditions in each reaction zone, the flow
patterns in the autoclave are far from ideal. Sev-
eral investigators have shown that the degree of
mixing affects the behavior of high-pressure
LDPE autoclaves (Mercx et al.,® Goto et al.,’
Georgakis and Marini,® Villermaux et al.,’ Zwiet-
ering’®). The main reason for the nonideal flow in
LDPE autoclaves is the lack of homogeneity
which is mainly due to the very fast reaction
kinetics. It is important to point out that the
characteristic reaction time constant associated
with the initiator decomposition is of the order of
0.1 s.

Homogeneity of the reaction mixture is
brought about by two different mixing mecha-
nisms: (i) macroscopic, whereby mixing of differ-
ent volume elements is induced by large-scale
turbulent motions, and (ii) microscopic, which af-
fects mixing on a molecular scale (e.g., molecular
diffusion). For all practical reasons, macromixing
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Figure 2 Schematic diagram of a four-zone LDPE
autoclave.

can be associated with the RTD, whereas micro-
mixing may be linked with the state of fluid ag-
gregation. It was the objective of the present con-
tribution to develop a general RTD model to char-
acterize the nonideal flow behavior in LDPE
autoclaves.

The RTD describes how much time different
fluid elements have spent in the reactor and can
be determined experimentally by injecting an in-
ert chemical, called a tracer, into the reactor inlet
and measuring the tracer concentration in the
effluent stream as a function of time. The two
most common methods of tracer injection are the
pulse input and the step input.

In the pulse-input method, a known amount of
tracer is suddenly injected into the feedstream
entering the top of the reactor. The input tracer
concentration, C,, is given by

Cy 8(¢) (1)

M
S QC(1, 1
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where M denotes the total number of moles of
injected material, 8(¢) is the Dirac Delta function,
and QC(1,1) is the feed volumetric flow rate, en-
tering the first segment of the first zone. Note
that M can be calculated in terms of the outlet
concentration, C(¢), as in eq. (2):

M = J% QC(N,, L)C(t) dt (2)

0

where QC(IV,,L,) is the total volumetric flow rate
at the reactor exit; N,, the number of volume
segments in the last zone; and L,, the total num-
ber of zones.

The RTD function, E(¢), expressed in reciprocal
seconds, is given by the normalized outlet concen-
tration according to eq. (3):

E@) = C(t)/r C(t) dt (3)

0

Frequently, a dimensionless RTD function, E(©®),
is employed instead of the function E(¢):

E(®)=1E() (4)

where 7 denotes the reactor mean residence time
and ® = t/7is a dimensionless time.

Dynamic Molar Tracer Balances

Let us assume that the complex flow patterns in
an a high-pressure LDPE autoclave can be ap-
proximated by the general compartment model
shown in Figure 1. Accordingly, one can write the
following dynamic tracer molar balance equa-
tions:

First segment in the first zone:

d

C
tl’l =QC(1, 1)Cy + QSR(1, 2)C4,

V(1,1) d

-Q(1, DCyy (5)

“@ 2,

First segment in zone “j”:
dCy;
dt
QSR(l,j + 1)Cl,j+1 + Q(Nj—bj - 1)01\/}71,_]'*1
- Q(1,))Cy;— QR()Cy; (6)

V(1,))

“» @2,

Any other segment “i” in zone “j”:

dCi,; .
VG, ) dt'J =QSR(,j+ 1)Cyn

+ QG —1,/)Ci 1, — QU, )Ci; (D

where N;, QC(, j), QG, j), SR, j + 1), and QR())
denote the number of segments in the “;” zone, the
volumetric feed flow rate into the “7” segment of

({3

zone “,” the total outlet volumetric rate from the
“1” segment of zone “j,” the inlet volumetric flow
rate via the side recycle stream, and the total
volumetric flow rate of the external recycle

“e»

stream leaving the first segment of zone “j,” re-

({342

spectively. V(i,j) is the volume of segment “/” in
zone 77 and C; ; denotes the corresponding tracer
concentration.

Using the appropriate form of molar balance
eqs. (5)—(7) for each volume segment, a system of
first-order differential equations can be obtained
to describe the time variation of the tracer con-
centration in any segment in the reactor se-
quence. From the numerical integration of the
resulting coupled molar balance equations, the
tracer concentrations, C; ;, in all segments of a
given reactor configuration can be calculated. The
outlet concentration, C(¢), will be equal to the
tracer concentration in the last segment of the
last zone. Accordingly, the RTD function E(¢) or
E(0®) can be calculated by means of eqgs. (3) or (4).

To investigate the effect of the various macro-
mixing model parameters on the RTD, the follow-
ing dimensionless quantities are introduced—the
ratio of the volumetric feed flow rate entering the
“” zone, QC(i,j), over the total outlet volumetric
flow rate, QC(V,,L,):

QC(, j)
%= QC(N,, L) @)

and the ratio of the total volumetric flow rate of
the external recycle stream leaving the first seg-
ment of zone “j,” QR()), over the total outlet volu-
metric flow rate from segment (1,):

. QR())
Pi=Q,j) + QR())

9

Note that the value of §; for the first segment in
the first zone will be equal to zero. Finally, the
side recycle ratio, v;;, is defined as the ratio of the
inlet volumetric recycle flow rate to the (i,j) seg-
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Figure 3 Effect of the number of segments per zone on the RTD.

ment over the total outlet volumetric recycle flow
rate from the first segment of zone 4 + 1”:

QSR(,j+ 1)
YT OQRG 1) o
Note that the value of v,; for all segments of the
last zone will be zero.

Simulation Results

Computer simulations were carried out for typical
reactor configurations in order to determine the
effect of the various mixing parameters on the
RTD. In all calculations, it was assumed that the
reactor consisted of three zones and all segments
(z,7) had the same volume. The RTD model pa-
rameters included the number of segments per
zone (N), the total recycle ratio of a zone, ;, and
the side recycle ratios, v,;.

Figures 3 and 4 illustrate the effect of the mac-
romixing parameters (IV;, 8;) on the RTD. In partic-
ular, the effect of the number of segments per zone,
N;, on the calculated RTD is depicted in Figure 3 for
Bi=02(G=23),y;=0338G@=12,...,N),and
a; = 1.0. It can be seen that as the number of
volume segments per zone increases the flow behav-
ior of the reactor approaches that of a plug flow
reactor. Figure 4 depicts the effect of the total recy-
cle ratio, B;, on the calculated RTDs for N; = 3 (;

=1,2,3),v,;,=0333G=1,2,...,N),and oy = 1.0.
It is apparent that as the total external recycle ratio
increases the RTD of the autoclave approaches that
of a perfectly mixed vessel. The effect of the side
recycle ratios, v;;, on the calculated RTD presents a
similar behavior. Notice that as the side recycle
stream moves from the last volume segment to the
first segment of a zone mixing increases and the
reactor flow behavior approaches that of a perfectly
mixed reactor. It is apparent from these results that
the complex flow patterns observed in a nonideal
LDPE autoclave can be approximated by the appro-
priate selection of the macromixing parameters (V;,
Bj, v;)- On the other hand, as will be seen in the fifth
section, the choice of the mixing parameters can
significantly affect the initiator consumption rate as
well as the molecular weight properties of the
LDPE.

KINETICS OF ETHYLENE POLYMERIZATION

At high pressures and temperatures, ethylene
will undergo free-radical polymerization in the
presence of an initiator (e.g., peroxide, oxygen). A
general kinetic mechanism describing the free-
radical polymerization of ethylene in a high-pres-
sure reactor includes the following elementary
reactions (Kiparissides et al.1113):
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Figure 4 Effect of the total recycle ratio (8) on the RTD.
Initiation (by oxygen, peroxides, or azo com- Chain transfer to polymer:
pounds):
ke
kdi Rx+Dy—>Ry+Dx
IL-—>2R'; i:1,2,...,Ni
Termination by disproportionation:
Chain initiation:
L kg
I R.+R,— D, +D,
R°+M— R,

. Termination by combination:
Propagation:

k ktc
D
R.+M—R,, R.+R,— D,

Chain transfer to monomer: Intramolecular transfer (SCB):

ki ki
R.,+M— D, .+ R, R.,— R,
Chain transfer to solvent (chain-transfer agent): B-Scission of sec- and tert-radicals:
ko ko

ts
R,+S—D,+R, R,+D,— D, +R,+ D,
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The subscript x denotes the number of ethylene
units in a polymer chain. The above mechanism is
sufficiently general and includes initiation and
propagation reactions, termination by both com-
bination and disproportionation, molecular
weight control by transfer to the monomer and to
CTA, LCB formation by transfer to the polymer,
SCB formation by intramolecular transfer, and
double-bond formation by B-scission of tert- and
sec- radicals. The present kinetic mechanism does
not account for possible depropagation reactions.

Homopolymerization Rate Functions

Let R(p) and D(p) be the concentrations of “live”
polymer chains and “dead” polymer chains, re-
spectively. Let rp and rp be the corresponding net
rates of production of “live” polymer chains and
“dead” polymer chains. Based on the above gen-
eral kinetic mechanism, one can obtain the follow-
ing expressions for r; and r, by combining the
individual rates of generation and consumption of
“live” and “dead” copolymer chains:

Net formation rate of “live” polymer chains:

re, = { RIRIIM] + (kuwlM] + R [S]) 2 R(x)

x=1

8(x — 1) + k,[R(x — 1) — R(x)][M]

> R(x)

x=1

= (kun[M] + ki [SDR(x) + ky[xD(x)]

— kpR(x) 2, xD() — kyR(x) 2 R(x) — kR (x)

x=2 x=1

X 2 R(x) — kpR(x) 2 xD(x)

x=1 x=2

+k, > Rx) > Dy) (11

x=1 y=x+1
Net formation rate of “dead” polymer chains:
rp, = (ku[M] + ki [SDR(x) + kR (x) X R(x)
x=1

x—1 %

+ 2k > RY)R(y — x) + kyR(x) > xD(x)

y=1 x=2

— kypxD(x) X, R(x) + kgR(x) 2, xD(x)

x=1 x=2

2 D)

y=x+1

> R(x)

x=1

+ kg

—kpxD(x) 2 R(x) (12)

x=1

where 8(x) is the Kronecker’s delta function [e.g.,
3(x) = 1ifx = 0 and 8(x) = 0 if x # 0].

Based on the above definitions of rate functions
and the fundamental reactor design equation (see
following section), one can easily derive an infi-
nite set of differential equations to describe the
dynamic behavior (e.g., reactor start-up, grade
transition) of an autoclave reactor. However, it is
not practical to solve the resulting infinite system
of molar balance differential equations. Instead, a
lower-order system of differential equations is
usually solved by using the method of moments.
This method is based on the statistical represen-
tation of the molecular properties (e.g., M,,, M,,)
through the use of the leading moments of the
number chain-length distributions of “live” and
“dead” macromolecules, defined as

%

A= 2 x"R(x) (13)
x=1

p = 2, x"D(x) (14)
x=2

Accordingly, one can obtain the corresponding
rate functions for the moments of the number
chain-length distributions of “live” and “dead”
polymer chains by multiplying each term of eqgs.
(11) and (12) by the term x” and summing up the
resulting expressions over the total variation of x.
The final moment rate equations are (Kiparis-
sides et al.''):

"y = E 2fikall;] + kp( 2 (A — /\n) [M]
i=1 i=0
- (ktm[M] + kts[S]))\n + kB(AOlJ’n+1 - )\nu“l)
- ktc/\O)\n - ktd/\O)\n - kﬁ)\nl‘kl

+ kB/\OMnH (15)

n+1
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rpn = (ktm[M] + kts[S]))\n + ktd/\O)\n

n

+ 2 ki 2 (AN + Rop(Autts = Aoktnsr)

J=0

1
+ kﬁ)\nﬁh - kﬁ)\oﬂvnﬂ + n+1 kﬁ)\oﬂvnﬂ (16)

It should be pointed out that when transfer to
polymer reaction is included in the kinetic mech-
anism the n-order polymer moment equation will
depend on the higher (n + 1)-order moment. To
break down this moment dependence, several clo-
sure methods have been proposed in the litera-
ture (Hulburt and Katz,'* Lee and Marano'®). In
the present study, the Hulburt and Katz'* ap-
proximation was employed. This technique as-
sumes that the molecular weight distribution
(MWD) can be represented by a truncated (after
the first term) series of Laguerre polynomials by
using a gamma distribution weighting function.
Assuming that the first three terms of the
Laguerre polynomials are sufficient for the repre-
sentation of the molecular weight distribution, it
can be shown that the third moment of the num-
ber chain-length distribution can be expressed as

Y2
M1o

s = (2papo — ©i) V)]

The other reaction rates of interest (e.g., initiator
consumption rates and monomer consumption
rate) are given by the following expressions:
Initiator consumption rates:
rp=—kglll; i=1,..., N, (18)
Primary radical formation rate:
rre = 2fikgll;] — k[R"][M] (19)
Monomer consumption rate:
ry= —k[M]\, (20)
Solvent consumption rate:

rs = —ky[S]Ao (21

SCB formation rate:

rscB — kB)\O (22)
LCB formation rate:

rLee = kAot (23)

REACTOR DESIGN EQUATIONS

To derive the reactor-design equations, describing
the dynamic operation of an LDPE autoclave, the
following simplifying assumptions were made: (i)
The mass accumulation in each volume segment
is negligible within the integration interval (z, ¢
+ At) (e.g., the density of the reaction mixture
does not change significantly within the time in-
terval A¢); (ii) the reaction mixture is treated as a
one-phase system; (iii) heat effects due to chain
initiation, termination, and transfer reactions are
negligible; and (iv) the termination rate constant
does not become diffusion-controlled (e.g., ab-
sence of gel effect). Based on the above assump-
tions, the pseudostate total mass balance for the
(i,j) volume segment becomes (see Fig. 1):

QG —1,))pl —1,j) + QCW, j)po
+ QCIG, j)pidi, J)
+ QSR(i,j+ 1)p@i,j+ 1)
= Q, ))p@, J) + QR()p(, ) (24)
Similarly, the dynamic molar balance for the “X”
species (e.g., initiator, ethylene, solvents, u,, A,

LCB, SCB) for the “t” volume segment of zone “”
is written:

vii, )T -

QU — 1, )IX];—1,; + QCE, )IX]o

+ @SR, j + DXy — QG, )
[X]i; — QR()H[X];; — rx, Vi, j) (25)

where the symbols [X], ;, [X],, and ry; ; denote the
concentration of “X” species in the (i,j) volume
segment, the concentration of “X” in the feed
stream, and the net rate of the consumption/pro-
duction of “X,” respectively. Note that for the ini-
tiator balances the ethylene feed flow rate,
QC(,)), is replaced by the initiator feed flow-rate
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term QCI(i,j). Finally, the dynamic energy bal-
ance for the “/” volume segment of zone “j” takes
the following form:

Vid, )G, (0, it ) S =
QUi — 1, JAH, 1,p(i — 1,.)) + QC(i, j)AHopy
+ QSR(i,j + 1)AH,;.1p(1,5 + 1)
+ QCI(, j)AH p — QUi, )AH, oG, j)
~ QRG)AH, ;p(i, ) — 5,V )~ AH,G, /)] (26)

C,G.y), pi,), TG,)), AH, ;, AH,(i,j), AH,, and p, are
the specific heat, density, temperature, specific
enthalpy of the reaction mixture, heat of polymer-
ization, specific enthalpy and density of the feed
stream, respectively.

To obtain the dynamic molar balance equations
for the four-zone autoclave, eq. (25) was applied
for every species (e.g., M, I, S, SCB, LCB, Ay, A,
Ko» M1, Mg) to each volume segment (i,j) of the
selected reactor configuration (Fig. 1). In addi-
tion, the pseudostate total mass balance [e.g., eq.
(24)] and the energy balance (26) were written for
each volume segment. To simplify the numerical
calculations, the differential equations for the
“live” moments were replaced by corresponding
algebraic equations. The validity of the quasi-
steady-state approximation (QSSA) for the mo-
ments of “live” macroradicals was numerically as-
sessed. It was found that the QSSA was valid
provided that the lifetime of the “live” macroradi-
cals was considerably shorter than the mean res-
idence time of radicals in a volume segment. The
molecular weight averages and the SCB and LCB
per 1000 carbon atoms were accordingly calcu-
lated in terms of the moments of the NCLD of
“dead” polymer chains:

Number-average molecular weight:
Mn = (IJ“l/I‘LO)MWe (27)

where MW, is the molecular weight of the ethyl-
ene;

Weight-average molecular weight:

M, = (uo/ p) MW, (28)

Long-chain branches per 1000 carbon atoms:
LCB/1000 C = 500 [LCB]/u, (29)

Short-chain branches per 1000 carbon atoms:
SCB/1000 C = 500[SCB]/u, (30)

Finally, the cumulative ethylene conversion was
calculated by the following equation:

Ny
Cum(X) = [E QCw, HIM], — RC(N,, Le)[M]e}

J=1

Ny
/E QC(i, j)[M], (31)

Jj=1

where QC(N,,L,) denotes the total outlet volumet-
ric flow rate.

REACTOR SIMULATION RESULTS

To demonstrate the predictive capabilities of the
present model, the dynamic behavior of a four-
zone LDPE reactor was simulated. The nonideal
flow behavior in the reactor was approximated by
varying the macromixing parameters N;, 8; and
;- For the nominal case, it was assumed that
each zone consisted of two equal-volume seg-
ments. Furthermore, it was assumed that 40% of
the total monomer feed rate entered the first seg-
ment of the first zone, 30% entered the first seg-
ment of the second zone, and the remaining 30%
of ethylene entered the first segment of the third
zone. The initiator mixture was injected into the
first segment of the first and third zones. The
reactor was operated at a pressure of 1400 atm
and the reactor mean residence time was equal to
26 s based on the total monomer volumetric flow
rate. The values of the various kinetic constants,
used in the present study, are reported in Table I.
The rate constant for the initiator (DTBP) obeyed
the following Arrhenius equation:

ky=3.06 X 10" exp(—28400/RT) (32)

Finally, the thermophysical properties of the re-
action mixture were calculated from correlations
described in Kiparissides et al.!!



2336 PLADIS AND KIPARISSIDES

Table I Numerical Values of the Kinetic
Constant Ratios &;

£ ko AE Jmol™) AV (m® mol™)
kp/k?"” 2500 31,642 -26.2 X 10°°
kinlk, 1073 — —
ko /k, 5.9 21,168 24.1x10°°
kisilk, 0.218 9629 0.2 x10°¢
kplk, 0.463 16,775 —
kylk, 8 10,500 3.8x10°¢
g = koe (WETPAVVRT. | = 1.25 X 10° expl(4061
— 0.24P)/T] lt/(mol~ s71), P in atm.

Results on the Reactor Start-up

As discussed in the Introduction, an LDPE auto-
clave typically operates at an unstable steady
state. Therefore, to simulate the dynamic opera-
tion of the four-zone reactor, the temperatures of
the reaction mixture at the last volume segment
of the first and third zones had to be controlled at
preselected set-point values. This was achieved
by manipulating the corresponding initiator flow
rate entering a zone with the aid of a discrete PID
controller.

At
AF‘In = Kc (en - en—l) + ? e,
I

Tp
+ At (e, — 2e, 1+e,5)]| (33)

270

where AF;, is the difference between the initiator
flow rates at times ¢ and ¢t — At.e,,e,,_1,ande,_o
represent the corresponding temperature errors
[T,(n) — T, at times ¢, ¢ — At, and ¢ — 2AT.
Finally, the symbols A¢, K., and 7; denote the
sampling period, gain, and integral time of the
controller, respectively.

The reactor design equations, the controller
eqs. (33), and the appropriate algebraic equa-
tions, describing the variation of the kinetic rate
constants and thermophysical properties of the
reaction mixture, were numerically solved using
the Gear method. In total, 72 differential and 32
algebraic equations were written for the four-zone
autoclave (nominal case). The initial reactor tem-
perature at time (¢ = 0) was assumed to be 160°C.
The temperature of the ethylene feed streams
followed a stepwise decrease with time from 150
to 30°C (e.g., 150, 120, 90, 70, 60, 45, and 30°C) to
progressively increase the ethylene conversion to
its final value. From the numerical solution of the
reactor model equations, the polymer weight frac-
tion, the temperature, as well as all polymer mo-
lecular properties (e.g., M,,, M,,, LCB, SCB) were
calculated as a function of time and position in
the reactor. In what follows, the effect of the mac-
romixing parameters (e.g., B;, v;, and N;) on the
reactor performance is discussed.

Figures 5-10 illustrate some representative re-
sults for the reactor start-up. The macromixing
parameters were set equal to B, = 0.7, B3 = B,

260 =
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240 =

230 -

220 =

Temperature (O)

210 ==

200 =

190 ==

180 =—t=—— T T

O 200 400

Time (s)

600 800 jlelele]

Figure 5 Variation of the reaction temperature at the exit of each zone with time.
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Figure 6 Steady-state spatial temperature profile in a four-zone autoclave.

= 0.5; N; = 2, and v,;; = 0.5. The value of the total
recycle ratio entering the first zone (B,) reflects
the high degree of mixing at the top of the reactor.
Figure 5 depicts the variation of temperature
with respect to time at the exit of each zone.

020
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g 008 —
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Figure 7 Time variation of polymer weight fraction at the exit of each zone during

reactor start-up.
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Figure 6 shows the temperature profile along the
reactor at the steady state. It should be noted that
the reaction temperature was controlled at 240
and 260°C at the end of the first and third zones,
respectively. The observed decrease of the tem-
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Figure 8 Time variation of initiator flow rate into the first and third zones during

reactor start-up.

perature at the beginning of the second and third
zones is due to the introduction of fresh ethylene.
The time variation of the cumulative polymer
weight fraction at the end of each zone is shown in
Figure 7. The observed stepwise increase of the
polymer weight fraction is due to the correspond-

ing stepwise decrease of the temperature of the
ethylene feed streams from 150 to 30°C and the
adiabatic operation of the reactor. Figure 8 shows
the time variation of the initiator flow rates, in
the first and third zones during the reactor start-
up. Notice that the required initiator flow rates,

23 24
B — 20
2.2 0
; — 16 a
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- o MWw
é [ 1‘2 é
21—
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20 T I r I Y 0.4
o 400 8O0 1200

Time (s)

Figure 9 Time variation of the number- and weight-average molecular weight at the

exit of the reactor.
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Figure 10 Time variation of LCB and SCB per 1000 C at the exit of the reactor.

to maintain the reaction temperature at the spec-
ified set-point values, increase with the monomer
conversion (Fig. 7). It can also be seen that both
manipulated variables initially oscillate but
quickly reach their corresponding steady-state
values after each step change in the temperature
of the ethylene feed streams.

Figure 9 depicts the dynamic behavior of the
number-average molecular weight (M,) and
weight-average molecular weight (M) at the end
of the last zone. It should be noted that M,, de-
creases with time and attains its final value at
about 1000 s after the reactor start-up. On the
other hand, M, increases with time until reaches
its final steady-state value. Figure 10 shows the
variation of the LCB and SCB with respect to
time at the end of the last zone. The final steady-
state values of the LCB and SCB at the reactor
exit were 1.85 and 17.3 per 1000 carbon atoms,
respectively.

Effect of the Macromixing Parameters

Figure 11 shows the effect of the total recycle
ratio on the steady-state behavior of the four-zone
LDPE autoclave. Notice that the total recycle pa-
rameter in the first zone was kept constant at B,
= 0.7 . The other two macromixing parameters
were set equal to N; = 2 and v,;; = 0.50. It can be
seen that an increase of the total recycle ratios B4

and B, (e.g., increase of mixing) produces a more

uniform temperature profile because high recycle
rates tend to smooth out the peaks in the temper-
ature profile.

Although the temperature profile is affected
by the mixing parameter B;, in all cases studied,
the ethylene conversion at the end of the mul-
tizone autoclave remains almost the same due
to the tight control of the reaction temperature
at the end of the first and third zones. However,
it is important to observe the significant varia-
tion in the corresponding control variables (e.g.,
initiator flow rates) with respect to the total
recycle ratio B, (Fig. 12). As can be seen in
Figure 12, the required initiator flow rate into
the first zone at the steady-state reactor opera-
tion decreases as the recycle parameter g; in-
creases. A higher degree of mixing results in an
overall increase of the reaction temperature
(see Fig. 11), which, in turn, leads to a decrease
of the specific initiator consumption rate (e.g.,
gram of initiator consumed per kilogram of PE
produced), in agreement with the experimental
observations of Luft et al.'® On the other hand,
in the third zone, the specific initiator consump-
tion rate exhibits a U-shape variation with re-
spect to the design parameter ;. This means
that there will be an optimum value of B; (opti-
mal mixing configuration), minimizing the spe-
cific initiator consumption. A similar U-shape
behavior of the specific initiator consumption
with respect to the polymerization temperature
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Figure 11 Effect of total recycle ratio (8) on the spatial temperature profile at the
steady state.

was reported by several investigators (Luft et further increase of temperature, beyond a char-
al.,’® Georgakis and Marini®). It has been acteristic value, 7%, results in an increase of the
shown both experimentally and theoretically initiator consumption rate. This variable initi-
that the specific initiator consumption rate ini- ator consumption rate has been attributed to
tially decreases with the polymerization tem- macro- and micromixing phenomena occurring
perature up to a minimum value. However, a in low-density high-pressure autoclaves.
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Figure 12 Effect of total recycle ratio (B) on the steady-state initiator flow rates to the
first and third zones.
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Figure 13 Effect of total recycle ratio (8) on the steady-state polydispersity index.

The effect of §; on the polydispersity index (PI)
is depicted in Figure 13. Notice that as B; in-
creases both M, and M,, decrease while LCB in-
creases due to the higher polymerization temper-
atures. The observed decrease of PI is due to the
more uniform temperature profile obtained with
an increase of mixing. From these results, it be-
comes apparent that the macromixing parameter
B; does reflect the effect of mixing conditions on
the key process variables (e.g., initiator consump-
tion, temperature, and molecular properties of
LDPE).

Thus, to simulate the operation of an industrial
reactor, one has to solve a simple nonlinear pa-
rameter estimation problem. More specifically,
assuming that the ethylene and initiator flow
rates, the spatial temperature profile, and the
molecular properties at the reactor exit are
known, one can estimate the values of the macro-
mixing parameter §; so that the model predictions
match the experimental measurements. It should
be pointed out that the value of the micromixing
parameter B; reflects the local degree of mixing
(e.g., high values indicate a high degree of mix-
ing), which, in turn, can be related to the geomet-
ric characteristics (e.g., type of blades) of the ag-
itation system.

The effect of the side recycle ratio, y;;, on the
reactor temperature profile at the steady state
was similar to the effect of the mixing parameter
B;. As the side recycle ratio to the first segment,

v1j» changes from 0 to 1, mixing increases, which
leads to a more uniform temperature profile along
the reactor. However, in all cases studied, the
polymer weight fraction was not significantly af-
fected by the variation of v,;, which is consistent
with the fact that the temperature profile in the
reactor is tightly controlled and, thus, so is the
polymerization rate.

Figure 14 illustrates the effect of the macro-
mixing parameter v,;; on the initiator flow rates
into the first and third zones at the steady state.
In all simulations, the values of the total recycle
parameters were kept constant: B, = 0.7, B3 = B4
= 0.5. Each zone was divided into two equal-
volume segments. It is interesting to notice that
the variation of the initiator flow rates with re-
spect to the macromixing parameter v,; follows a
similar behavior to that reported for the parame-
ter B; in Figure 12, that is, better mixing in the
first zone results in a decrease of the initiator flow
rate, while an increase of the mixing in the third
zone brings exactly the opposite result. By keep-
ing in mind the U-shape variation of the specific
initiator consumption with the polymerization
temperature, the observed decrease in the first
zone can be explained by the higher polymeriza-
tion temperatures which lower the specific initia-
tor consumption rate (e.g., the zone operates in
the decreasing branch of the specific initiator con-
sumption-temperature curve). On the other hand,
the observed increase of the initiator flow rate
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Figure 14 Effect of side recycle ratio () on the steady-state initiator flow rates to the

first and third zones.

into the third zone with v,; (e.g., increase of the
specific initiator consumption with temperature)
can be explained by the fact that the third zone
operates at a temperature higher than T%, the
characteristic temperature corresponding to the
minimum specific initiator consumption rate.

The effect of the number of volume segments
per zone N; on the intiator flow rate is shown in
Figure 15. In these simulations, the values of the
various macromixing parameters were set equal
to By = 0.7, B3 = B, = 0.5; and vy;; = vy, for i,k
= 1,2, ... N, The number of volume segments in
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Figure 15 Effect of number of segments per zone (V) on the steady-state initiator flow

rates to the first and third zones.
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Figure 16 Effect of set-point changes of temperature controllers on the exit temper-
ature in each zone. Set-point changes (first zone: 240 — 250°C; third zone: 260 —

270°C).

all zones was the same, that is, N; = N, = N,
= N,. As the number of segments in the first zone
increases, the degree of mixing decreases (e.g.,
the flow behavior approaches that of a plug flow
reactor) as well as the polymerization tempera-
ture, which leads to an initial increase of the
initiator flow rate into the first zone. However, a
further increase of the number of segments (e.g.,
N; = 4) causes a decrease of the initiator flow rate.
On the other hand, in the third zone, as the num-
ber of volume segments per zone increases, the
initiator flow rate into the zone initially decreases
to a minimum value, followed by a subsequent
increase of the initiator flow rate for N; = 4 . The
observed behavior of the initiator flow rate with
respect to N; is directly linked with the tempera-
ture changes caused by the variation of the mac-
romixing parameter, N,.

Results on Reactor Grade Transition

The dynamic behavior of the autoclave during a
grade transition was investigated for three types
of changes in operating conditions: (i) set-point
changes of temperature, (i1) solvent concentration
changes, and (iii) changes in the ethylene feed
distribution. In all simulations, the macromixing
parameters were kept constant (e.g., B5 = 0.7, B
= B4 =0.5,N; =2, and vy,;; = 0.5). All step changes

in the operating conditions occurred at time
2000 s.

Figures 16-18 illustrate the dynamic behavior
of the four-zone autoclave for a simultaneous
change of the temperature set-points in the first
and third zones from 240 to 250°C and from 260 to
270°C, respectively. Figure 16 shows the varia-
tion of the temperature with time in the four
zones. The reactor reaches its new specified tem-
peratures approximately 300 s after the introduc-
tion of set-point changes. The increase of temper-
ature results in an increase of overall ethylene
conversion from 18.6 to 19.3% (see Fig. 17) and a
decrease of M,, and M,, from 20,270 to 19,660 and
from 189,000 to 168,000, respectively.

Figure 19 shows the effect of a step-change
decrease in the solvent concentration (e.g., from 5
to 1% wt) in all feed streams on the number-
average and weight-average molecular weight.
The decrease in solvent concentration resulted in
an increase of both M, and M,,,.

Figures 20 and 21 illustrate the effect of an
ethylene feed distribution change on the reactor
operation. During this transition, the ethylene
feed distribution changed from a 40%-30%-30%
split (e.g., nominal case) to a 50%—-30%—-20% split,
which means that more ethylene was fed to the
top of the reactor. The dynamic behavior of the
temperature in the four zones is shown in Figure
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Figure 17 Effect of temperature set-point changes on the total ethylene conversion.

Set-point changes as in Figure 16.

20. Notice that the temperatures in the first and
third zones stay at the set-point values (e.g., 240
and 260°C) despite the change of ethylene feed
distribution. On the other hand, the temperature

in the second zone increases from 245.5 to
248.9°C while the temperature in the last zone
decreases from 264.5 to 262.9°C. To maintain the
temperature in the first and third zones at the
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Figure 18 Effect of temperature set-point changes on the number- and weight-
average molecular weights. Set-point changes as in Figure 16.
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specified set-point values, the initiator flow rates higher ethylene feed rate (e.g., from 40 to 50%),
into the corresponding zones were varied as in while the observed decrease in the third zone is
Figure 21. The observed increase of the initiator caused by the lower flow rate of the ethylene side
flow rate into the first zone is explained by the stream into the third zone (e.g., from 30 to 20%).
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Figure 20 Effect of ethylene feed distribution change on the temperature in each
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Figure 21 Effect of ethylene feed distribution change on the on the initator flow rates

injected into the first and third zones.

It is interesting to notice that under the new
ethylene feed distribution the overall conversion
is slightly decreased from 18.6 to 18.4% while M,,
and M,, vary from 20,270 to 20,220 and from
189,000 to 193,000, respectively. The small de-
crease in conversion is due to the increase of the
ethylene feed rate to the first zone which operates
at a lower temperature than that of the third
zone.

MWD Calculations

The prediction of the complete MWD in LDPE
reactors is of profound importance since the MWD
controls the product quality and its optimal utili-
zation. To our knowledge, there is only a limited
number of publications dealing with the predic-
tion of the joint bivariate molecular weight-L.CB
distribution (Mullikin and Mortimer,'” Feucht et
al.,'® Lorenzini et al.’®). Furthermore, there is no
publication on the prediction of bimodal distibu-
tions often observed in LDPE autoclaves.

Based on the originally proposed method of
Teymour and Campbell,?® Pladis and Kiparis-
sides®' developed a new method for calculating
the joint molecular weight-LLCB distribution for
highly branched polymers. According to this
method, the total polymer chain population is

separated into a number of classes, each one rep-
resenting a population of polymer chains with
similar molecular structure (e.g., linear chains
and chains with one long-chain branch). Subse-
quently, one has to write the dynamic molar bal-
ance equations for the leading moments of “live”
and “dead” polymer-chain distributions for each
class of polymer chains as well as for the moments
of the overall “live” and “dead” polymer-chain dis-
tributions. Using the calculated moments of each
polymer class, the Wesslau distribution is em-
ployed to reconstruct the WCLD (Weight Chain
Length Distribution) of each fraction of polymer
chains:

(In x — In x,,)?

W(x) = (2mx%0?) V2 exp| — =

] (34)

where x denotes the degree of polymerization. The
parameters of the two-variable distribution are
calculated in terms of the leading moments of
number chain-length distribution, that is:

X = (Ho/ )" exp(o?) = pops/p  (35)

The overall WCLD is then calculated by the
weighted sum of the WCLDs of all classes:
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Ne

Wiga(x) = 2 [Wix)pi iy (36)

i=0

It must be noted that depending on the total LCB
content of the polymer a large number of classes
(e.g., about 60 classes) may be needed for the
accurate reconstruction of the MWD. Figure 22
shows the calculated MWD at the exit of the four-
zone autoclave. The M, , M, and PI of the reco-
structed MWD are 24,500, 208,000, and 8.48, re-
spectively, while the LCB content is 1.5 per 103
carbon atoms. It is important to notice that for the
selected model parameters the predicted MWD
shows a bimodal character which is typical of the
LDPE produced in autoclaves.

CONCLUSIONS

The present study was concerned with the devel-
opment of a detailed mathematical model to sim-
ulate the dynamic operation of LDPE autoclaves.
A macromixing model was developed to describe
the nonideal flow patterns in LDPE autoclaves. A
general kinetic mechanism was used to represent
the complex kinetics of high-pressure free-radical
ethylene polymerization. To predict the molecular
properties of the LDPE, the method of moments
was employed. The present simulation results
show that the degree of mixing in a reaction zone,
manifested by the macromixing parameters (e.g.,
Bj, v;j» and N; ), can significantly affect the initia-
tor consumption rate in a zone as well as the
polymerization temperature profile and molecu-

lar properties of LDPE. As a result, knowledge of
the actual values of the initiator flow rates, tem-
perature profile, and final polymer molecular
properties can lead to the identification of the
mixing parameters in an autoclave. Thus, the
proposed model can be effectively employed in the
design, optimization, and control of the LDPE
autoclaves. In this respect, a computer-aided sim-
ulation, control and design software package has
been developed based on the present comprehen-
sive mathematical model developments (Pertsini-
dis et al.??).

NOMENCLATURE

C, heat capacity of reaction mixture

C) concentration of the tracer at time “¢#”
in the exit of the reactor

Cum(X) monomer conversion

e; temperature error in PID controller

E(¢t) residence—time distribution function

fi initiator efficiency

L total number of reaction zones

)

LCB long-chain branching

M, molecular weight of ethylene

M, number-average molecular weight
M, weight-average molecular weight

N, number of segments in the last zone
N; number of segments in zone j

({3224

T, rate of X component or property in “I
volume segment of zone “j”
volumetric flow rate in the exit of seg-

({324

ment “1

Q. _

of zone
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QCG,j)

QCIG,))
QSR(,j)
QR(j)

SCB
TG,))

T,
\%4

Vi, )
X1,

[X1o
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volumetric flow rate of feed or quench-

ing stream into segment “i” of zone

({324

J
volumetric flow rate of initiator feed

into segment “i” of zone “”
volumetric flow rate of side recycle
stream to “/” segment of zone “j”
total volumetric flow rate of recycle
stream
short-chain branching
temperature of reaction mixture in i
segment of zone “”
feed temperature
total volume of the reactor
volume of segment “1” in zone “j”
concentration of X component or prop-
erty in “/” segment of zone “”
concentration of X component in feed or

quenching stream

Greek Letter

Q;

B;
Yij

AE

AH;
AH,
AH(,j)

AH,
At
AV

Po

T
™D

zone volume ratio, V;/V,

total recycle ratio to “ — 1” zone

side recycle ratio to the “i” segment of
zone “”

activation energy J mol !

enthalpy of the initiator injection
stream

heat of reaction

enthalpy of reaction mixture in
ment of zone “”

enthalpy of feed stream

sampling period (s)

activation volume, m® mol !

ratio of kinetic constants
dimensionless time

“n” moment of “live” NCLD, mol L}
“n” moment of “dead” NCLD, mol L !

({324

i” seg-

density of reaction mixture in “i” seg-
ment of zone “”
density of the initiator injection

stream

density of feed stream

mean residence time

integral time of the PID controller (s)
differential time of the PID controller
(s)
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